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ABSTRACT

This work aims to first quantify the impact of various diffusion models (Maxwell-Stefan,
Wilke, Dusty-Gas) on the predictions of a multi-scale membrane reactor/separator math-
ematical model, and to then demonstrate this model's use for the design and process
intensification of membrane reactor/separator systems for hydrogen production. This
multi-scale model captures velocity, temperature and species' concentration profiles along
the catalyst pellet's radial direction, and along the reactor's axial direction, by solving the
momentum, energy, and species transport equations, accounting for convection, con-
duction, reaction, and diffusion mechanisms. In the first part of work, the effect of pellet-
scale design parameters (mean pore diameter, volumetric porosity, tortuosity factor, etc.)
and various species' flux models on the model predictions is studied. In the second part,
the study focuses on the comparison, in terms of their process intensification character-
istics, of various hydrogen production processes. These include a conventional high-
temperature shift reactor (HTSR)/low-temperature shift reactor (LTSR) sequence, a novel
HTSR/membrane separator (MS)/LTSR/MS sequence, and a process that involves low-
temperature shift membrane reactors-LTSMR in a series.
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Introduction

Efforts for the development of more efficient hydrogen pro-
duction technologies have been gaining momentum, for both
mobile and stationary applications [1], due to the worldwide
drive for more green processes, the prospects of hydrogen as
an important energy carrier, and its current industrial uses [2].
Indeed, hydrogen has the potential to become the leading
actor in energy [3], especially given its importance for fuel cell
based vehicular transportation [4], and clean power genera-
tion [5].

Hydrogen can be generated from both nonrenewable and
renewable energy sources. It is commercially manufactured
from natural gas, liquid hydrocarbons, coal and biomass [6],
with natural gas being the leading hydrogen source [7]. Pro-
duction efficiency largely determines which energy source is
used for hydrogen production, and therefore, prominent in-
creases in the efficiency of hydrogen production processes can
play an important role in accelerating the onset of the
hydrogen economy [8].

The heterogeneously catalyzed Water Gas Shift Reaction
(WGSR) is an industrially important, integrated chemical
process [8], with increasing number of applications for fuel
cell grade hydrogen [9], and PEM fuel cells [10]. WGSR kinetics
have been discussed at low temperatures [11], both high and
low temperatures [12], and in membrane reactor settings [13].
WGSR kinetics have been comprehensively reviewed in [14],
and multiple aspects of WGSR have been reviewed in [15].

Reactor-scale level modeling of the WGSR has been carried
out for Pd-based membrane reactors [16], and, in two di-
mensions, for packed bed [5], and co-current/counter-current
membrane reactors [17], while more recently the performance
of the WGSR in membrane reactors has been assessed using
reactor-scale level, two dimensional, modeling [18], and arti-
ficial neural network approaches, [19].

According to the literature, the set of basic features for the
WGSR are:

(1) the WGSR reaction is expressed as:
CO+H,06C0O, +H, (AHSgg = —41.1kJ/mol) (1)

(2) The WGSR is moderately exothermic, reversible and
equilibrium limited in nature, (3) the desired level of
carbon monoxide (CO) reduction occurs at low tem-
peratures with favorable kinetics at higher tempera-
tures, (4) The WGSR tends to shift towards the reactants'
side at high temperatures, (5) the equilibrium conver-
sion of CO is independent of the pressure because of no
variation in the number of moles while the reaction
occurs, (6) the equilibrium conversion of CO is only a
function of temperature and feed composition
[12,14,15].

The reactor, separator, reactor-separator mathematical
model employed in this work, is multi-scale in nature, has
been derived through repeated application of the Reynolds
Transport Theorem (RTT), and has recently been put

forward by our group to capture the performance of reactors
[20], membrane reactors [21], and membrane reactors/
adsorptive reactors [22]. In this work, the aforementioned
multiscale model is experimentally validated; is applied to
reactors, membrane separators, and membrane reactors; is
employed in evaluating the performance of several novel
intensifying membrane reactor/separator designs for the
Water Gas Shift Reaction; and is used to carry out a
comparative evaluation of the impact of various diffusion
models (Maxwell-Stefan, Wilke, Dusty-Gas). In most litera-
ture studies, simplified diffusion models are employed, as
well as assumptions of uniform temperature and pressure
gradients throughout the spherical pellet. In this work,
several diffusion models (including the rigorous Dusty Gas
Model) are comparatively evaluated, and the above unifor-
mity assumptions are overcome. Subsequently, the effect of
design parameters at the pellet-scale (mean pore diameter,
volumetric porosity, tortuosity factor, etc.) and reactor-scale
(inlet gas temperature, inlet H,0/CO ratio of 5, etc.) on
process performance is studied. Especially, it is demon-
strated that the catalyst effectiveness factor exhibits sig-
nificant axial variation along the reactor length for the
aforementioned diffusion flux models. Finally, the resulting
multiscale model is used to develop practical insights into
the performance of various WGSR system configurations, as
process design and intensification studies are carried out for
WGSR based hydrogen production. The performance of
various WGSR process designs is evaluated, including the
conventional high temperature shift reactor-HTSR/low
temperature shift reactor-LTSR sequence, and the two
novel sequences proposed in this work, consisting of HTSR/
MS/LTSR/MS, and LTMR-LTMR systems in series. These
sequential, flexible, multi-component syngas clean-up/
reaction/separation multi-product systems hold the prom-
ise of minimizing capital and operating costs, and maxi-
mizing the profitability of IGCC power plants by increasing
their power generation capacity.

Intensified reactor-separator designs for
hydrogen-based power generation

A conventional Integrated Gasification Combined Cycle (IGCC)
power generation plant converts coal into syngas (containing
CO/H,/CO, with small amounts of CH, and impurities) via a
high-pressure gasifier in the presence of steam and oxygen.
An abstraction of this process is illustrated in Fig. 1, which can
also emulate a hydrogen production plant converting natural
gas into syngas via a high pressure reformer (rather than
gasifier) in the presence of steam. In industry, the gas stream
entering the water gas shift reactor section typically goes
through a high-temperature shift reactor (HTSR) operating in
the range of 300 °C—450 °C and utilizing Fe;0, —Cr,03—CuO
based catalysts, an intercooler, and a low-temperature shift
reactor (LTSR) operating in the range of 200 °C—300 °C and
utilizing Cu—Zn0O—Al,0; based catalysts, [12,21,22]. Reaction
equilibrium is nearly attained at the exit of this combined
HTSR + Cooler + LTSR system, which through the use of
excess steam ensures near complete CO conversion.
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Fig. 1 — Conceptual representation of considered hydrogen-based power generation design alternatives.

In this work, two intensified reactor-separator design al-
ternatives are considered to the above conventional
hydrogen-based power generation process. The first design
alternative incorporates membrane separator (MS) units and
consists of an HTSR/MS/LTSR/MS sequence. The second
design alternative consists of a sequence of two low-
temperature membrane reactors (LTMR), with an interme-
diate cooler. Integrating reaction and separation in carrying
out the WGSR is a well-suited process intensification
concept, as it holds the potential to improve efficiency and
economics, through decreased operating temperatures,
higher CO conversion levels, and reduced capital costs
associated with lower catalyst use and lower downstream
separation loads.

Comparative evaluation of alternative pellet
scale diffusion models

The employed reactor, separator, reactor-separator, multi-
scale, mathematical model [20—22], considers two scale levels

z
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(see Fig. 2): the micro (pellet) scale considers such features as,
pellet size, average pore size, reaction kinetic rates, pellet
material properties, and pellet shape, while the macro
(reactor) scale considers such features as reactor tube di-
mensions, catalyst packing void fraction, and others. In
particular, the HTSRs and LTSRs are composed of the catalyst
pellet domain and the reactor domain (bulk gas phase), the
MSs of the separator domain (bulk gas phase) and the
permeation domain, while the MRs consist of the catalyst
pellet domain, the reactor domain (bulk gas phase) and the
permeation domain.

Numerical computations of the transport equations at the
pellet and reactor scales are carried out interactively. The in-
formation exchanged among the domains includes gas pres-
sure, temperature, velocity, and species' concentrations.
Some exchanged information is often formalized in the form
of species’ effectiveness factors.

The resulting equations are implemented in the COMSOL
Multiphysics® Version 5.0 software package and solved
simultaneously in all aforementioned domains along the
length of the LTSR, HTSR, MS, and MR, using the finite
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b
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(
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Fig. 2 — Multi-scale reactor scheme, packed bed reactor (left), membrane reactor (right).
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element method (FEM). The computational fluid dynamics
model employs a uniform (fine) mesh in the reactor domain,
and a non-uniform mesh with 8000-unit cells in the catalyst
pellet domains. For the radial direction of both catalyst
pellets, we use a pre-defined mesh element distribution
available in the COMSOL software, which maintains the
above total number of elements in the radial direction,
while ensuring that smaller unit cells are employed near the
pellet surface. Halving of the mesh size did not yield any
noticeable changes in the obtained results. In order to gauge
the impact of the underlying transport and reaction (cata-
lyst pellet) process, instantaneous effectiveness factors are
calculated. They are defined as ratios of the real uptake rate
(due to combined transport and reaction or adsorption) of a
given species by the catalyst/adsorbent pellet over the same
uptake rate in the absence of transport limitations, i.e.,
when the gas phase concentration within the particle is the
same with that prevailing at the pellet's external surface.
The effectiveness factor for the ith species is defined by Eq.
(3), the superscript refering to either the catalyst or the
adsorbent pellet. For the catalyst pellet, the effectiveness
factors of all species are equal, since there is only one re-
action (WGSR) taking place in the pellet with equal stoi-
chiometric coefficients for all species.

{fS(SJEAW> <H dA!

7~
(G

the net mass flow of ith species at pellet's surface

The goal of this work, therefore, is the development of a
multi-scale MR model, which captures in detail the species/
energy transport phenomena within the porous catalyst
pellets, and their dependence on the pellet's spatial location
in the reactor, as well as the species/energy transport phe-
nomena in the reactor's bulk gas phase. Throughout this
work, catalyst pellet effectiveness factors are calculated for
various pellet sizes. The derivation of the MR model equa-
tions was demonstrated and discussed in earlier publications
[20,21], and is also directly applicable to the HTSR, LTSR, and
MS units employed in this work.

Dusty gas model (DGM)

In most industrial packed bed reactors, the reactions carried
out involve more than two species. Thus, advanced multi-
component flux models, such as the Dusty Gas Model (DGM),
are required to capture species transport within catalyst
pellets. Quantification of the combined diffusion-convection
mass flux Nz of species i within the pellet domain is car-
ried out using the DGM, which takes into account three
species' transport mechanisms: continuum (or regular)
diffusion described by the Maxwell-Stefan equations, viscous
diffusion (or convection), and Knudsen diffusion. Continuum

i = - — = : ; b=
JTMi€sypesaR; | AV the volumetric mass generation rate of the same species
cv

Most industrially relevant reactions take place in multi-
phase reactors such as packed bed, moving bed, trickle bed,
two and three-phase fluidized beds, bubble columns, and
stirred tanks [21,24,25]. Traditional packed bed reactor
models can be either pseudo-homogeneous, or heteroge-
neous [26], with the latter enabling an enhanced level of ac-
curacy [27]. In these reactor types, catalyst pellets are often
employed, within which simultaneous, multicomponent re-
action and transport occurs that must be properly modeled
[28]. This detailed level of modeling, where transport equa-
tions are solved in each phase, can account for gradients
inside each phase and across, and thus provide enhanced
fidelity in the model predictions [29]. Such enhanced fidelity
can play an important role in accelerating the scale-up pro-
cess, from the laboratory to the industrial scales, by allowing
for example the spatial variation of catalyst pellet effective-
ness factors, as the use of larger size pellets may be neces-
sary in commercial reactors, to avoid large pressure drops. In
fact, due to the high exothermicity of the WGSR, heat man-
agement is a key design consideration and constraint for
both traditional packed-bed and MR reactors, particularly for
the high-pressure IGCC conditions of interest in this study.

diffusion is the movement of species due to concentration
gradients, viscous diffusion is the movement of species due
to pressure gradients, and Knudsen diffusion is the move-
ment of species due to concentration gradients in the pres-
ence of small pore walls. Thermal diffusion is not considered
in this work. The resulting DGM constitutive equations,
relating the combined (convective and diffusive) molar fluxes
in systems with walls, with the underlying species’ concen-
tration gradients, are:

(s wmoSw) oM
TN Z Deff te Deff J n Deff
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- P B .
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The combined molar ﬂuxesﬁ, combined mass ﬂuxesf,
and velocitiesv;for the ith species, are defined asWi> = ¢;,
Ti = MG V;.

The DGM can be written in matrix equation form for the Ny
species as follows:
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Then a DGM effective diffusivity matrix can be defined as
DPCM and give rise to the equation

N= —DPM.Vo

()

Maxwell-Stefan Model (MSM) and Wilke Model (WM)

Alternative to DGV, the diffusive fluxes, in the catalyst-pellet
domain, can also be calculated using the Maxwell-Stefan
Model (MSM) and the Wilke Model (WM). In the literature,
multicomponent diffusivities are defined in two frameworks
(the generalized Fick's- and Maxwell-Stefan equations) by
several alternative models. The bulk diffusion flux models
considered are the Fick's first law for binary mixtures, the
approximate Fickian Wilky model, the generalized Fick's first
law, and the rigorous Maxwell-Stefan model. On the other
hand, the Fickian Wilke-Bosanquet and dusty gas models are
considered for the combined bulk and Knudsen diffusion
fluxes. The dusty gas model is the extended form of the
Maxwell-Stefan model for porous media transport [24].
The MSM equation is given in the following form:

N. g
<. _ X X; 1 *’ 1 ‘> ) ) VP
VXI*Z:W(;}_}J *;l_}l + (Wi — xi) P

=1 ~jj

The WM equation is given in the following form:

1- W;
T @)

M3 wh

—
Ji=— Dimvpi,- where Dim =

The kinetics of the WGS reaction have been described in a
multitude of literature studies, using different rate expres-
sions and mechanisms (Langmuir-Hinshelwood, Redox and
empirical — Power-law). Empirical-power-law rate expres-
sions are typically preferred by most researchers [30,31]. In
this study, a commercial Co—Mo/Al203 catalyst is selected for
the LTSR, and a commercial Fe203—Cr203 catalyst is selected
for the HTSR in this study. The associated empirical-power-
law WGSR kinetic rate expressions and parameters are ob-
tained based on experimental results. They incorporate an
Arrhenius Law expression to account for the kinetic rate's
temperature dependence and are listed in Table 1.

In this study, the reactor and pellet domain property de-
pendencies are shown in Table 2.

The effect of these diffusion models (DGM, MSM, WM) on
the predictions of the employed multi-scale reactor/separator
mathematical model is discussed in the results section.

Results and discussion
Alternative diffusion model results

Experimental model validation

In our lab-scale experimental investigations of the WGSR, we
utilized a commercial Co—Mo/Al,05 shift catalyst that has
been shown to exhibit high activity and stability for the low-
temperature shift process. The relevant WGSR parameters
are shown in Table 3. We used the developed multi-scale
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Table 1 — Chemical model equations.

1 Pco, Py, ) ®

: . _ Eﬂ 1 m n q
LTSR Reaction Rate: 1; = koexp< - ﬁ) PcoPh,0Pco, P, | 1— Koy Poo-Pro

. Ea)\ .
HTSR Reaction Rate: 1; = koexp ( - R_';> el aen e (1

Keq = exp (45?[,7'8 - 4.33)

_ 1 o 'CHz) ©
Keq Cco*Ch0

model to analyze the MR experimental data. We have utilized
an isothermal co-current flow (feed to permeate) model. As
can be seen in Fig. 3, the developed multi-scale MR model's
predictions capture perfectly the obtained lab-scale experi-
mental data for various weight of catalyst/molar flow rate of
CO values. In Fig. 3, the solid-line represents the multi-scale
model prediction, while the dots indicate experimental
findings.

All reported simulations were carried out with a syngas
composition of (H,/CO/H,0/CO,/CH4/H,S) = (2.7637/1.00/a/
2.1528/0.8/0.05), where 1 < a<5, which is a typical composition
of a coal/oxygen-blown gasifier off-gas. We applied the
aforementioned empirical power law kinetic rate expressions
for the WGSR in all reactor simulations. The corresponding
commercial Co/Mo/Al,05 and Fe,0;—Cr,05 catalyst's physical

Table 2 — Properties dependence.
Property description Dependence in the simulation
Pellet
uf = (TP AY)  #p = wp (T {cf})
2 =R(T) A=A (T7.p" {cf})
Binary diffusion coefficients Dg = D§(TP,pP) Dj = Dj(T",p")
Knudsen diffusivities Dix = Di(TP) =
Species i heat capacity €, = CpT) Cp; = Cp,(TN)

ﬁ?i = 7:‘?1' (TP)

Reactor

Fluid phase viscosity

Fluid phase conductivity

Species i molar enthalpy ﬁ;i — ﬁ}_i(T’)

properties and characteristics, and the parameters used in the
multiscale model's simulations are shown in Tables 3 and 4.
The influence of three catalytic pellet design parameters
(volumetric porosity, tortuosity, and mean pore diameter), on
the pellet's outer surface molecular fluxes, was investigated
for the DGM, MSM, and WM. Given the complexity of a real
catalyst pellet's porous structure, which contains networks of
pores with very different diameters and layouts, the above
parameters represent average values reflecting pore size dis-
tribution experimental data. The effect of these parameters on
the reaction rate can be seen in Fig. 4 for the HTSR, and LTSR

100
80 _ )
- =
2 ¢ [
S 60
S e - - - -
S 40
o
(&)
20
0
20 70 120 170

Weight of catalyst / Molar flow rate of CO

Multi-scale = == == Equilibrium conversion

Fig. 3 — Membrane Reactor multi-scale model vs.
experimental results at P;,:15 bar, T;,:523 K.

Table 3 — Parameters used in simulation (LTSR).

Table 4 — Parameters used in simulation (HTSR).

Parameter Value Dimension Parameter Value Dimension
Density of catalyst 592.68 kg/m?3 Density of catalyst 1008 kg/m3

Pellet void fraction 0.2—-0.7 — Pellet void fraction 0.2-0.7 —

Pellet radius 0.004 m Pellet radius 0.004 m

Surface area of catalyst 160-220*10° m2/g Surface area of catalyst 61*10° m2/g

Pore volume of catalyst 0.55-0.65*10 ° m3/g Pore volume of catalyst 0.35*10°° m3/g

Tortuosity 1.4285-5 =

Mean pore diameter 6.3*1077-107° m

Inlet pressure 10-30 bar

Inlet temperature 493-573 K
Reactor length 7 m
Chemical model parameters

1 0.8 -

m 0.29 -

n —0.07 -

q 0 -

ko 6.3 mol /atm" M td.h.g
ES 5.9 keal /mol

Tortuosity 1.4285-5 =
Mean pore diameter 6.3*1077-10° m
Inlet pressure 10—40 bar
Inlet temperature 573-673 K

Reactor length 7 m
Chemical model parameters

1 0.74 =

m 0.47 =

n —0.18 =

a 0 -

ko 2623.4 (m3 /mol) "M+, g1
S 80 kJ /mol
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catalysts. As expected, the specific generation rate in a fluid
phase within the pellet domain increases proportionally to the
pellet's volumetric porosity, for both HTSR, and LTSR cata-
lysts. The influence of the pellet's volumetric porosity on the
LTSR catalyst is more pronounced than on the HTSR catalyst.
The effective Knudsen and bulk diffusivities both decrease, as
the tortuosity factor increases, and the pellet void fraction
decreases. DGM-based simulations include both the effect of
Knudsen and bulk diffusivities, and this influence can clearly
be seen in Fig. 4a—b. The Knudsen diffusion flux in the DGM is
proportional to the pore size and independent of process
pressure. Thus, DGM-based simulation results should
demonstrate a dependence of the surface flux on pore diam-
eter. This dependence is indeed shown in Fig. 4c—d, which
illustrates the effect of the mean pore diameter on the effec-
tive reaction rate along the pellet's radius. On the other hand,
the effective bulk diffusivities are independent of pore size
and inversely propositional to pressure, so both the MSM and
WM don't capture Knudsen diffusion. As illustrated in
Fig. 4c—d, the MSM and WM-based simulations indeed do not
exhibit any dependence on the mean pore diameter and pro-
vide similar effective reaction rate predictions. Since the DGM
predictions exhibit significant deviations to the MSM-WM
ones (Fig. 4a—b), it is thus prudent to suggest that use of the
DGM is preferable to the use of MSM-WW, for both HT and LT
catalysts' modeling, especially when Knudsen diffusion is not
negligible.
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The influence of the different flux diffusion models on the
H, mole fraction along the reactor length and pellet radius, for
both the HTSR and LTSR, is depicted in Fig. 5a—b.

The influence of the different flux diffusion models on the
H, mole fraction along the reactor length and pellet radius, for
both the HTSR and LTSR, is depicted in Figs. 8 and 9. The
aforementioned H, axial and radial profiles are overestimated
by the WM compared to the DGM and MSM. Further, the
overall reactor scale results suggest that Knudsen diffusion is
more dominant in the HTS catalyst compared to the LTS
catalyst. However, the rigorous DGM and MSM are approxi-
mately 30% and 80% more computationally expensive than
the WM. The equimolar nature of products and reactants in
the WGSR, and the steady-state operation requirement, sug-
gest that the total molar flux sum, and the mass averaged
velocity must both be equal to zero for every pellet radial
position. These requirements serve as simulation consistency
checks and are found to be satisfied to within the employed
numerical accuracy. Based on the averaged mass and molar
velocities, it is easy to see that the diffusion fluxes clearly
dominate over the convective fluxes. As a result, neglecting
the convective flux terms in the diffusion.

The aforementioned H, axial and radial profiles are over-
estimated by the WM compared to the DGM and MSM.
Further, the overall reactor scale results suggest that Knudsen
diffusion is more dominant in the HTS catalyst compared to
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approximately 30% and 80% more computationally expensive
than the WM. The equimolar nature of products and reactants
in the WGSR, and the steady-state operation requirement,
suggest that the total molar flux sum, and the mass averaged
velocity must both be equal to zero for every pellet radial
position. These requirements serve as simulation consistency
checks and are found to be satisfied to within the employed
numerical accuracy. Based on the averaged mass and molar
velocities, it is easy to see that the diffusion fluxes clearly
dominate over the convective fluxes. As a result, neglecting
the convective flux terms in the diffusion models is a
reasonable assumption. The following conclusions are
established for the reactor operating conditions used in the
present work. Within the catalyst pellet domain, isothermal
and isobaric conditions can be assumed, and convective
fluxes are much lower than diffusive fluxes, and can thus be
neglected. Outside the catalyst pellet domain, temperature
gradients are not negligible, and must therefore be solved for
by the model simulations.

Unlike most WGSR literature studies, which assume con-
stant catalyst pellet effectiveness factors, this work employs
the DGM to quantify the effectiveness factor for pellets situ-
ated along the HTSR and LTSR axes. Given the WGSR stoi-
chiometry, all species' effectiveness factors are equal. Fig. 6
demonstrates that at any fixed axial HTSR/LTSR adiabatic
reactor location, the effectiveness factor decreases as the
pellet void fraction is reduced. Further, the effectiveness fac-
tor decreases along both the HTSR and LTSR lengths, because
the reacting mixture's temperature increases axially, thus
accelerating the intrinsic WGSR kinetics more than the spe-
cies' diffusivities, which in turn increases the effectiveness
factor's denominator more than its numerator. On the other
hand, the mean pore diameter, at the considered values,
doesn't have a significant effect on the effectiveness factor for
both the HTSR and the LTSR.

Alternative intensified reactor-separator design results

In the remainder of this work, the DGM is used as the mo-
lecular flux model at the pellet scale, while the MSM is used at
the reactor scale. As shown in Fig. 1, three alternative designs
are considered for carrying out the WGSR, within IGCC and gas
fired power plants. The conventional process is carried out in
a HTSR-Cooler-LTSR sequence. A number of simulations are
carried-out for this system, which is used as the baseline to
which our proposed MR/MS-based designs will be compared.
CO conversion is employed as the comparative performance
criterion for all considered designs. Fig. 7a illustrates CO
conversion along the combined HTSR/LTSR reactor's length of
the baseline design, for various operating conditions. The
obtained simulation results suggest (consistent with industry)
that CO conversion reaches 95%, if the adiabatic HTSR's inlet
conditions are kept at 593 K, and H,0/CO ratio of 5, and the
adiabatic LTSR's inlet temperature is kept at 493 K. Thus, the
total CO conversion of 95% is chosen as the key design spec-
ification that must be met by the baseline and alternative
processes.

Fig. 7b shows the temperature profiles along the combined
reactor's length (HTSR/LTSR). In our multi-scale model, we
calculated the temperature profiles of the catalyst-pellet and
bulk gas phases in both the HTSR and LTSR. Minimum and
maximum temperature differences, between the bulk gas
phase and catalyst pellet, along the reactor length for the
adiabatic reactor simulations can be expressed as 2—0.02 K
(WM), 1.55-0.035 K (MSM), 1.2-0.05 K (DGM) for HTSR, and
2.8-0.3 K (WM), 2.7-0.25 K (MSM), 2.1-0.5 K (DGM) for LTSR.

The simultaneous reaction/separation nature of the
considered alternative designs, qualifies them as intensifying
processes for the baseline design. Process intensification (PI)
encompasses any chemical engineering development offering
drastic improvements, in regard to a variety of metrics. Such
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intensification has the potential to improve process efficiency
and economics. As part of the intensification procedure,
integration of multiple operations (e.g., reaction and separa-
tion) is used as a robust tool to improve the existing process’
efficiency, and to reduce energy consumption, and unwanted
output/by-product formation [5—7]. In this study, we chose the
reduction of reactive volume (catalyst amount) and the in-
crease of H, production rate, as process intensification metrics
and comparison criteria among the three design alternatives.
In this comparative evaluation, total CO conversion is fixed at
95% for all designs.

In the first alternative process, a membrane separator (MS)
is placed at the HTSR exit, to separate H, from the HTSR exit
stream and to subsequently feed its retentate stream to the
LTSR. This H, separation creates a synergy that significantly
increases overall process efficiency and results in higher
conversion. Since membrane area has a significant impact on
the MS/MR's performance, and is also a key contributing
component to the MS/MR capital cost, several simulations
have been carried out, for various MS H, production levels (i.e.
60%, 75%, and 90% of the H, produced in the HTSR, being
separated in the MS as pure product). The same procedure is
applied to LTMRs (with 60%, 75% and 90% of the H, produced
in the first LTMR, being separated as pure product. A process
performance of having >90% H, separation in total is attained
by all three designs. The summary of process conditions,
process outcomes, and intensification metrics for the con-
ventional process, alternative process 1, and alternative pro-
cess 2, is depicted in Fig. 8.

Fig. 9 represents CO conversion along the HTSR-MS-LTSR
system. As can be seen in Fig. 9 (Right), intermediate MS H,
separation levels increase total CO conversion by approxi-
mately 9% (60% H, separation), 12% (75% H, separation) and
17% (90% H, separation). Moreover, the HTSR-MS-LTSR sys-
tem reaches the 95% total CO conversion criterion for HTSR
H,0/CO ratios of 3 and 4, which are lower than the H,0/CO
ratio of 5 that must be utilized by the conventional system to
reach the same total CO conversion.

The use of MR technology for the WGSR, offers unique
advantages that include WGSR equilibrium conversion and
kinetic rate enhancement through hydrogen removal, high-
purity hydrogen production, lower operating temperatures
and steam requirements, reduced catalyst use, increased
operation safety, and elimination of downstream hydrogen
purification. The employed MR multi-scale model captures
these advantageous process characteristics through repeated
application of the Reynolds Transport Theorem (RTT) to each
of the MR domains: the pellet domain, the reactor domain,
and the permeation zone domain [21].

An industrial scale membrane reactor consists of a pres-
sure vessel that houses several membrane bundles, each
bundle consisting of multiple CMS membrane tubes. These
bundles typically consist of CMS membrane tubes, whose di-
mensions are an inner and outer diameter of 3.5 mm and
5.7 mm respectively, and a length of 1 m (Fig. 10). A typical
large-scale MR consists of several (e.g. 1400) bundles in par-
allel (1 m each in length) and a scalar multiple of that number
of bundles in total (e.g. 9800 for a 7 m long MR), as illustrated in
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Process Conditions
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Fig. 8 — Summary of process conditions, process outcomes and intensification metrics.

Figure 13.60%, 75% and 90% of the H, produced in the first
LTMR is separated, by varying the number of tubes in the first
LTMR and then feeding the LTMR's reject side to the second
LTMR. Again, above 90% H, separation is achieved in the third
alternative process.

The MR simulations are carried out with feed syngas
composition identical to that used for the conventional pro-
cess. In the simulations, the membrane permeances (m>/
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and Process Technology, Inc [2]. The derivation of the MR
model equations can be found in [21]. In the MS simulations,
the same membrane characteristics are employed, and simply
the reaction (catalyst) effect is removed from the process
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Fig. 11 — Process catalyst amount reduction for various H, separation factors.

The catalyst amount reduction for all designs is depicted in
Fig. 11 for various intermediate H, separation levels of 60%,
75% and 90%. The H, production rate is kept constant to obtain
these results. Approximately 11% (conventional - proposed
1)/18% (conventional— proposed 2), 20% (conventional—
proposed 1)/25% (conventional — proposed 2), and 32% (con-
ventional —» proposed 1)/40% (conventional— proposed 2) of
reactive volume reduction is obtained for the H, separation
levels of 60%, 75% and 90%, respectively. Similarly, approxi-
mately 11% (conventional — proposed 1)/39% (conventional —
proposed 2), 20% (conventional— proposed 1)/44%

(conventional— proposed 2) and 32% (conventional— pro-
posed 1)/55% (conventional — proposed 2) of catalyst amount
reduction is obtained for the H, separation levels of 60%, 75%
and 90%, respectively.

The H, production rate increase (for constant amount of
catalyst) for the three hydrogen production systems is shown
in Fig. 12 for various H, separation levels of 60%, 75% and 90%.
Transitioning from the conventional process to the proposed 1
and proposed 2 processes increases the H, production rate
15%—22% for 60% separation, 45%—55% for 75% separation,
and 70%—90% for 90% separation.
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Conclusions

Various local design parameters and species’ flux models
(MSM, WM, DGM) are employed in deriving a multi-scale
reactive-separator mathematical model that can predict the
performance of WGSR-based hydrogen production systems.
The following results are obtained:

(1) For various pellet-scale design parameters (mean pore
diameter, volumetric porosity, tortuosity factor), the
prediction of the MSM and WM are close to each other
for both HT and LT catalysts. However, significant de-
viations are observed from MSM-WM to DGM, for cata-
lytic pellets with small pore diameters for which
Knudsen diffusion is significant. The DGM is subse-
quently employed for all subsequent pellet scale simu-
lations, to ensure accuracy.

(2) The calculated H, mole fraction axial profiles, for the
considered flux models, suggest that the WM over-
estimates H, mole fractions compared to both the DGM
(average excess estimations are 2.78% for LTSR and 2.6%
for HTSR) and the MSM (average excess estimations are
1.31% for LTSR and 1.1% for HTSR). However, the
rigorous DGM and MSM are approximately 30% and 80%
more computationally expensive than the WM.

(3) The DGM and the aforementioned pellet-scale design
parameters enable the calculation of catalyst pellet
effectiveness factors throughout the reactor, and indi-
cate significant effectiveness factor spatial variations.

(4) Two process intensifying alternative WGSR designs are
proposed. The multi-scale simulation results show that
both proposed alternative processes 1 and 2 are superior
to the conventional process, in regard to several inten-
sification metrics.
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Notation

English Symbols

AP(m? of domain p) Area of the control surface of domain p
Al(m?) Cross section area of the tubular reactor

Bo(m?) Viscous flow parameter of domain p

" (mol of species i in phase y within domain «

.1 m?3 of phase y within domain «

) Species'i molar density

of phase y within
domain «

a mol of phase y within domain « .
5 tot (m3 of phase 7 within doman « Total molar density of phase y
within domain «

a ] of species i in phase y within domain « faal

P ((mol-K)of the ith component of phase y within domain « Spec1es i molar
specific heat at
constant
pressure of
phase f within
domain «

Species' i molar specific heat at
constant volume of phase s
within domain «

CS*(m? of domain «) Control surface of domain «

CV*(m?3 of domain ) Control volume of domain «

ce ] phase s within domain «
V' \ (mol-K)of phase s within domain «


https://doi.org/10.1016/j.ijhydene.2019.05.118
https://doi.org/10.1016/j.ijhydene.2019.05.118

7352

INTERNATIONAL JOURNAL OF HYDROGEN ENERGY 45 (2020) 7339—7353

D§ <'"2 of phase f within of domain “) Species' i and j binary diffusion
coefficient of phase y within
domain «

D;ff ("‘z"fdsw) Species' i and j effective binary diffusion
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